In the current work five different solvent blends are experimentally studied and the reboiler duties are calculated using the so-called short-cut method. Tertiary amines, 2-(diethylamino)ethanol (DEEA), 3-(Diethylamino)-1,2-propanediol (DEA-12PD), 2-[2-(Diethylamino)ethoxy] ethanol (DEA-EO), 1-(2-Hydroxyethyl)piperidine (12HE-PP) are blended with 3-(Methylamino)propylamine (MAPA) and ethanolamine (MEA). The first results from simple solvent screening are given and the cyclic capacities are calculated based data at 40 C and 80 C. Then, five solvent systems are chosen for vapor-liquid equilibrium characterization. The vapor-liquid equilibrium data are then used to estimate cyclic capacities at more realistic temperatures, between 40 C and 120 C and by using a short-cut method proposed in the literature the reboiler duties of the characterized solvents are estimated. Finally, the potential of the studied systems is discussed. Several of the characterized blends showed reboiler duties around 2.5 MJ kg À1 CO2 .
Introduction
Fossil fuels cover around 80% of the world's energy demand at present and they will also be the main energy sources in the years to come [1] . Fossil fuel combustion and industrial processes account for about 65% of total global greenhouse gas emissions. Power production and the industrial sectors are the main emitters of CO 2 . They are considered to play a major role in global warming, and represent considerable potential for decreasing CO 2 emissions by means of capture and storage. CO 2 capture can be carried out in power plants with postcombustion, oxy-fuel or pre-combustion technologies. Chemical absorption, where CO 2 is captured and released in a cyclic process is the most mature technology and has been used for decades. Typically, CO 2 is absorbed into the aqueous solvent system at temperatures between 40 C to 65 C and desorbed from the solution after heating. The maximum temperature in the regeneration is typically around 120 C. The process uses often aqueous amines and the greatest heat requirement stems from regeneration of the solvent. Thus, many research groups are working on finding solvent systems with low energy requirements during solvent regeneration.
The alkanolamines are typically divided into three main categories: primary, secondary and tertiary. Both primary and secondary amines react with CO 2 forming carbamates with overall reaction:
The primary and secondary amines form a fairly stable carbamate requiring more energy to reverse the reaction compared to tertiary amines reacting with CO 2 , through base catalysis of CO 2 hydration:
However, whereas the heat of absorption and reaction rate are high in the case of primary and secondary amines, the tertiary amines have a lower heat of absorption and a slower reaction rate [2] . Consequently, a tertiary amine or amine blend with a high absorption rate and a low heat of reaction could reduce the regeneration energy [2, 3] . As a result, blends containing tertiary amines have been widely studied [4] [5] [6] .
In the present work, tertiary amines, DEA-12PD, 12-HE-PP and DEEA are blended with MAPA or MEA. The absorption capacity, reported in the literature, at 40 C for the amine components present in the blends in this work are shown in Fig. 1 . From the figure we can see that all the single components absorb more CO 2 ðmol kg À1 solvent Þ than aqueous MEA. It seems that the three tertiary amines, 12-HE-PP, DEEA and DEA-12PD can absorb around 30% more than MEA. MAPA is able to absorb almost twice the amount of CO 2 compared to MEA. This can be explained by the structure of primary/secondary diamine (MAPA). As a multiamine, it has more functional groups available for absorption of CO 2 . Fig. 2 presents the cyclic capacities reported in the literature. Although the experimental conditions vary somewhat, some trends can be seen. First, MAPA was found to have considerable ability to absorb CO 2 at as 40 C shows a very low cyclic capacity. Secondly, DEEA seems to give the highest cyclic capacity (except at 70 C) followed by 1(2HE)PP and DEA-1,2-PD. It seems that in all these tertiary amines the cyclic capacity is very dependent on the regeneration temperature. It should be mentioned that the partial pressure of CO 2 in the studies shown in the figure vary from 10 to 20 kPa explaining some of the scatter seen.
At the same time as Figs. 1 and 2 illustrate the potential of these solvent components, they also reveal a potential problem with fast screening experiments being able to identify good solvents. In the screening experiments to identify promising solvents, the cyclic capacity is often used as one of the main selection criteria. In the figures, the scatter is clearly visible between the equilibrium data (filled markers) and the screening experiments (open markers). In some cases the screening results show even higher loadings than that reached in the equilibrium experiments. Recently, I.M. Bernhardsen and H.K. Knuutila [7] discussed this issue and concluded that accurate liquid loading determination is crucial and that the screening experiments should not be terminated based on time limitation, rather the partial pressure of CO 2 leaving the reactor should be used. Finally (when possible), the experiments should be performed under realistic process conditions, since the regeneration temperature has a substantial influence on the cyclic capacity.
The current work has three main objectives:
1) Report new VLE data for new solvent blends containing a tertiary amine and MEA or MAPA. 2) Calculate the reboiler duties using a short-cut method for four solvent blends and compare the characterized solvent blends with the literature data. 3) To further discuss the challenges of using cyclic capacity to identify promising solvent blends measured using screening experiments where the desorption is performed at 80 C.
In the current work we study the potential of four tertiary amines promoted with two different primary amines. The tested tertiary amines are 2-(diethylamino)ethanol (DEEA), 3-(Diethylamino)-1,2-propanediol (DEA-12PD), 2-[2-(Diethylamino) ethoxy]ethanol (DEA-EO) and cyclic tertiary amine 1-(2-Hydroxyethyl)piperidine (12HE-PP). The promoters used are 3-(Methylamino)propylamine (MAPA) and ethanolamine (MEA). The first results from simple solvent screening are given and the cyclic capacities are calculated based on data at 40 C and 80 C. Then four solvent systems are chosen for vapor-liquid equilibrium (VLE) characterization. The vapor-liquid equilibrium data are then used to estimate cyclic capacities at between 40 C and 120 C and by using a short-cut method proposed by H. Kim, S.J. Hwang and K.S. Lee [14] , the reboiler duties of the characterized solvents are estimated. Finally, the potential of the studied systems is discussed by comparing the estimated reboiler duties to other new solvent systems proposed in the literature.
Literature review
Aqueous DEEA has been screened by several authors [3, [10] [11] [12] as shown in Figs. 1 and 2 . In addition to the screening data, [8, 9] ; 1-(2HE)PP from [3, 11] ; DEEA from [3, 8, [10] [11] [12] 12, 13] ; DEA-1,2-PD [3, 11] . Filled markers are based on the VLE data, open markers are data from the screening experiments.
vapor-liquid equilibria has been reported covering unloaded and CO 2 -loaded systems [8, 13, 15, 16] . Based on the data several VLE models have also been published [13, 17, 18] . These papers provide more detailed literature reviews of the available data as well as models and will not be repeated here. In addition to the VLE data, experimental data on the heat of absorption of DEEA has been measured by [4, 19] . They found that the heat of absorption of CO 2 was below 60 kJ mol À1 CO 2 at 40 C. For aqueous DEEA, kinetic data are also available [20] [21] [22] [23] and an extensive literature review can be found in [24] .
Two investigators [9, 10] carried out a screening of aqueous MAPA whereas [8, 25] provided both experimental VLE data as well as an equilibrium model for aqueous MAPA. Arshad et al. and Kim & Svendsen [4, 19] reported the heat of absorption of CO 2 for aqueous MAPA to be between 80 and 90 kJ mol À1 CO 2 , which was much higher compared to aqueous DEEA (tertiary amine) [19] . Finally, [26] measured the absorption rates in unloaded solutions of aqueous MAPA over a large concentration range.
Both 12-HE-PP and DEA-12PD were tested in a screening setup [3, 11] as also shown in Figs. 1 and 2 . Surplus to the screening data, one source of kinetic data was found [27] . No heat of absorption or VLE data was found.
There are some data available for the blends of DEEA with other amines. The most studied is DEEA þ MAPA blends, where the focus has mainly been on solvent blends forming two liquid phases [4, 8, 18, 28] . Lately, [29] studied the effect of MAPA concentration on the heat of absorption for one phase systems containing DEEA and MAPA and [21] measured the absorption kinetics. There have also been other studies testing the potential of DEEA promoted with MEA, PZ and EEA [30] [31] [32] [33] . Broeder and Svendsen [32] tested the absorption capacity of DEEA þ MEA at 40 C and concluded that MEA was not a good promoter for DEEA and that both Piperazine (Pz) and MAPA increased the absorption capacity at 40 C more than MEA. Another study on DEEA þ MEA reported cyclic capacities around 0.14-0.2 mol CO 2 mol À1 amine or 0.84-1.26 mol CO 2 L À1 when calculated between 40 C and 100 C [33] . In the current work, we do not test the DEEA promoted with MEA, rather we compare our results with the literature data [33] . Data for MEA or MAPA blended with 12-HEPP and DEA-12PD were not found.
The following conclusions can be drawn from the literature review: firstly, the potential of 12-HE-PP and DEA-12PD as a potential tertiary amine in MAPA or MEA promoted blends has not been previously studied. Furthermore, even though several studies with DEEA þ MAPA blends have been published, in most of the studies the focus has been on solutions that form two liquid phases under CO 2 absorption.
Experimental work

Chemicals
In this work MEA (! 99.5%, SIGMA), DEEA (! 99.5%, SIGMA), MAPA (! 97%, SIGMA), DEA-12PD (! 98%, TCI), DEA-EO (! 98%, TCI) and 12HE-PP (! 98%, TCI) were used without further purification. The structures and CAS numbers are given in Table 1 . In addition, N 2 (99.6%) and CO 2 (99.999%) from AGA Gas GmbH were used. The Table 1 shows that the tertiary amines chosen have dissociation constant values, pKa, higher than MEA. The pKa value of an amine solvent is important since the reaction rate increases with pKa [34, 35] . Furthermore, G. Puxty, R. Rowland, A. Allport, Q. Yang, M. Bown, R. Burns, M. Maeder and M. Attalla [10] showed that the absorption capacity of tertiary amines was strongly correlated with pKa. All solutions were prepared at room temperature using DI-water.
Screening
A screening apparatus, shown in Fig. 3 was used during the screening experiments [36] [37] [38] [39] [40] . The apparatus gives a fast estimation of the solvent performance, by first measuring the absorption capacity at 40 C under relevant CO 2 partial pressures and then measuring how easily the system strips CO 2 at 80 C. In the experiments, a $ 200 cm 3 jacketed glass reactor was filled with known amount of solution (~120 g) and stirred with a magnetic stirrer to improve the gas liquid contact. The liquid temperature in the reactor (uncertainty ± 0.1 C) was controlled by a Lauda Ecoline E6 water bath. During the absorption process, the temperature was 40 C. Two Bronkhors® High-Tech mass flow controllers (MFC), one for N 2 (0-5 NL min
À1
) and one for CO 2 (0-1 NL min À1 ), were used to provide 1NL min À1 gas flow with 10 vol% CO 2 into the reactor. The gas leaving the reactor was cooled down with jacketed double-coil condensers. Condensate from the first condenser was returned into the reactor. Any carry-over condensate was collected in a separation funnel after the second condenser. After that the gas stream was sent through a cold trap and a gas filter before the gas entered the Fisher-Rosemount BINOS® 100 NDIR CO 2 analyzer measuring the CO 2 content in the exit gas. When the gas outlet concentration showed 9.5%, the absorption was finished. Then a liquid sample was withdrawn and the solution temperature was increased to 80 C. When the solution temperature reached 80 C, nitrogen was bubbled through the solution, until the CO 2 analyzer showed 1.0% CO 2 and the desorption process was automatically stopped and a liquid sample was withdrawn.
With the logged data the absorption rate was calculated using this equation:
In the equation W S ðkgÞ is the amount of solvent in the reactor, x 
Vapor-liquid experiments
Atmospheric pressure (low-temperature) VLE apparatus: The apparatus and experimental procedure used for equilibrium measurements at low pressure have previously been described by several authors [41] [42] [43] . Thus, only a short description of the experimental procedure is given here. The apparatus shown in Fig. 4 is designed to operate at temperatures up to 80 C and consists of four 360 cm 3 glass flasks, an X-STREAM CO 2 Gas Analyzer (XEGK) equipped with 2 channels for CO 2 (0-1 ± 0.1% and 0-100 ± 0.5%), a BÜ H-LER pump (Type 2), and two K-type thermocouples (±0.1 C) measuring the temperature of the heated cabined and the solution (flask 4). 150 cm 3 of the solution pre-loaded with CO 2 was fed into flasks 2, 3 and 4 while flask 1 was used as gas stabilizer. The flasks were placed in a thermostate box and were heated by water. After the solution and the cabinet reached the desired temperature, circulation of the gas phase was started. Equilibrium was obtained when the CO 2 -analyzer showed a constant value and a liquid sample was withdrawn and analyzed for CO 2 content and amine concentration. The experiments were repeated for each solvent system in order to understand the overall experimental repeatability.
The partial pressure of CO 2 (p CO 2 ) was calculated according to [37, 39, 44] :
where y CO 2 is the CO 2 concentration measured by the CO 2 analyzer (vol %), P amb is the ambient pressure, p Solvent is the vapor pressure of the solvent at the temperature after the condensers. The vapor pressure of solvent was measured in the medium pressure VLE apparatus.
Medium pressure (high temperature) VLE apparatus: The apparatus in Fig. 5 consists of a jacketed reactor (glass or steel reactor), a mechanical stirrer, two Pt-100 temperature sensors for measurement of liquid and gas phase temperatures (±0:02 C), and three pressure transducers for accurate pressure measurements: PTX5072 (0-600 ± 0.3 kPa), PTX517 (0-200 ± 0.2 kPa) and PTX5022 (0-10 ± 0.01 kPa). An SS-316 gas tank is used to add CO 2 to the reactor in batches. The pressure and temperature in the tank are measured using a Pt-100 temperature sensor and a PTX 610 pressure transducer (0-600 ± 0.6 kPa). A Julabo ME6 heat circulator using ethylene glycol as a heating medium controls the temperature in the reactor. Two silicon heating tapes are used to minimize heat loss through the reactor lid. Data logging is done using a Lab-view program via a National Instrument NI-4903 module [45] .
The experiments were started with the evacuation of the reactor using a rotary vane pump (Pfeiffer DUO5MC) down tõ 0.5 kPa. Approximately 500 mL of unloaded solution was charged into the reactor and the exact weight of the solution added to the reactor was measured. The solution in the reactor was then evacuated for a short time to remove any dissolved gas in the solution, and the desired temperature was set. The system was left to reach equilibrium which was assumed to be reached when gas and liquid temperatures (T G and T L ) and pressure (P R ) in the reactor were constant for at least 15 min. After equilibrium the temperature was increased (vapor pressure measurement) or CO 2 was added in small steps from the CO 2 gas tank. Partial pressure of CO 2 in the reactor was calculated from the total pressure measurements (P R ) assuming that partial pressure of the solvent (P S ) remained constant during the isothermal experiment [46] :
The amount of CO 2 added to reactor was calculated from the pressure drop in the CO 2 tank using the Peng-Robinson equation of state [47] :
The amount of CO 2 accumulated in the reactor gas phase at each loading was estimated from:
Where the gas phase volume, V G ; is calculated as the difference between the volume of the reactor V R and the solvent volume V S at experimental temperature. As seen from the equations above the loading was based on the mass balance. However, a sample was then taken after the last equilibrium point and a liquid analysis was performed to ensure that the mass balance calculations were accurate. The solvent volume was calculated using a density of 30 wt% MEA.
Liquid analyses
The CO 2 concentration of the samples was determined by precipitation with BaCl 2 , dissolving BaCO 3 with excess HCl and back titration with NaOH [37] . Total alkalinity of the solutions was determined by acid titration with 0.1 M H 2 SO 4 [37] . The partial pressure of CO 2 in the loaded systems was fitted to a simple mathematical function similar to that of Brúder et al. (2011) .
where
2.5.2. Estimation of the heat requirement of the solvent regeneration Both the thermal and electrical energy should be taken into account to evaluate the overall energy requirement. Brúder et al. [48] used equivalent work to take into account the thermal energy used in the reboiler, the electricity used in alternative process configurations like LVR, and the electricity used in the compression of the product CO 2 . This enabled the benefits of higher reboiler pressure to be studied. However, in this work, since data are only available up to 120 C, we estimate the heat requirement of the new solvent systems assuming similar reboiler pressures for all studied systems and basic process configuration. This makes it possible to compare reboiler duties using the method described in [14] .
The heat requirement (kJ mol
) in the reboiler can be estimated using the following equations:
In the equations, Q Desorption , Q strip and Q sens (kJ mol
) are the heat of desorption, the heat of stripping and sensible heat [14] . DH abs CO 2 is the heat of absorption (kJ mol
is the saturation pressure of solvent at the temperature at the top of the regenerator (T Top;Reg ), a rich is the rich loading, p CO 2 (kPa) is the partial pressure of CO 2 at the top of the regenerator, and DH ), and a rich À a lean is the cyclic capacity ðmol CO 2 mol À1 amine Þ. The equations are the same as in H. Kim, S.J. Hwang and K.S. Lee [14] except that the effect of gaseous CO 2 is neglected. The vapor pressure at the top of the stripper is the measured vapor pressure of the studied solvent systems. H. Kim, S.J. Hwang and K.S. Lee [14] used vapor pressure of water combined with Raoult's law. The heat of absorption/desorption in Eq. 12 is estimated using VLE data and the Gibbs-Helmholtz equation [14] .
The rich amine solution is preheated by the cross heat exchanger with the lean amine solution. However, it cannot be heated to reboiler temperature. This is a process determined heat loss, assuming that desorption does not occur in the heat exchanger. This is presented in Equation (13) and Cp is assumed to be equal to that of 30 wt% MEA value for all blends, the solvent density was estimated to be 1 kg L À1 and DT was chosen to be 10 C. The rich loading is determined by assuming that the solvent would be in equilibrium with a CO 2 concentration of 9.5 kPa at the bottom of the absorber (40 C). Similarly the lean loading is taken assuming that the solvent is in equilibrium with 20 kPa CO 2 at reboiler temperature.
The reboiler temperature is estimated using the following equation taking into account that the total pressure is fixed to 1.9 bar (P tot )
Iteration is needed to solve the equation. However, for all the studied systems the reboiler temperature is very close to 120 C. Equation (14) describes the energy consumed to drive CO 2 through the column using steam. The gas mixture leaving the regenerator therefore contains a significant fraction of water vapor which needs to be condensed and returned to the process. As in the reboiler, at the top of the desorber the CO 2 partial pressure and temperature are found by iteration assuming that there is no pressure drop in the regeneration.
Results and discussion
Screening experiments
The cyclic capacities of the studied systems are shown in Fig. 6. Fig. 7 shows the lean and rich loadings during the screening experiments. 30 wt% MEA was tested as a reference. The cyclic capacity is 1.1 mol kg À1 and it is slightly higher than the cyclic capacities reported in [11] (0.82 mol kg À1 solvent) but is in good agreement with the VLE model by [49] (1.2 mol kg À1 solvent). Fig. 6 shows that all the blends with 3M tertiary amine and 2M MAPA performed much better than 5M MEA (the three red bars on the left hand side). The best performance was seen with 3M DEEA þ 2M MAPA, 80% higher cyclic capacity compared to 5M MEA. Also both 3M 12HE-PP and 3M DEA-12PD blended with 2M MAPA showed high cyclic capacity, more than 50% higher compared to 5M MEA. 2M MAPA-3M DEEA blend reaches high loading during absorption at 40 C (rich loading) with lean loading close to that of 30 wt% MEA as shown in Fig. 7 . The lean and rich loadings of these three blends are very different. However, all of them have at least 50% better cyclic capacity compared to 30 wt% MEA and the blend 2M MAPA blend with 3M DEA-12PD reaches rich loading lower than that of 30 wt% MEA. However, due to a low lean loading the cyclic capacity is very high. These results underline that screening experiments to identify solvent blends with high potential should always include desorption tests. Increasing the amount of tertiary amine from 3M to 5M did not increase the performance as can be seen by the blue bars (5M 12HE-PP-2M MAPA and 5M DEA-12PD-2M MAPA) in Fig. 7 .
As also seen in Fig. 6 promoting DEA-12PD with 2M MEA performs similarly to 30 wt% MEA. However, when 12HE-PP is blended with 2M MEA the performance is much better. Looking at the lean and rich loadings Fig. 7 , we can see that the lean loadings for these two systems are very similar and the greatest difference is the rich loading that was higher for 3M DEA-12PD þ 2M MEA system compared to 3M 12HE-PP þ 2M MEA. Conway et al. [33] concluded that the cyclic capacity of 3M DEEAþ2M MEA was over 50% higher compared to what they estimated for 5M MEA which is similar as seen for the blend of DEA12-PD and MEA. The pKa values of the three tertiary amines, 12HE-PP, DEA-12PD and DEEA, are similar, 9.57, 9.69 and 9.87, respectively. Nevertheless, the performance seems to increase with increasing pKa. The cyclic capacity of the 12HEP-PP, DEA-12PD when blended with MAPA is very similar indicating that the pKa of the tertiary amine cannot alone explain the results.
Finally, one additional system was tested. Based on preliminary results by [50] adding 1M DEEA to 5M MAPA increased the cyclic capacity significantly. The 1M DEEAþ5M MAPA was screened to study this further. We can see that the system reaches very high lean loading (Fig. 7) . This is not that surprising based on the literature data for single MAPA systems in Fig. 1 which found high rich loadings. However, the screening experiment performed in this study shows that by just adding 1M DEEA, the cyclic capacity increases from 0.2 to 0.5 mol kg À1 reported for 2-3.5M MAPA, see Fig. 2 , to 1.6 mol kg À1 as seen in Fig. 7 . Based on the screening experiments the following systems were chosen for equilibrium studies:
-DEEA, 12HE-PP and 12PD blended with 2M MAPA due to the high cyclic capacities. -3M 12HE-PP promoted with MEA, showing a high cyclic capacity -1M DEEA blended with 5M MAPA. The system had unexpected behavior since the addition of 1M DEEA seems to greatly increase the cyclic capacity compared to single MAPA systems.
VLE of 5M MEA
Vapor-liquid equilibrium experiments were performed with 30 wt% MEA to ensure correct performance of the equilibrium equipment. The results are presented in Fig. 8 where the data agree very well with literature data [42, 51] . Since data at 80 C were measured with two different experimental apparatuses (low pressure apparatus and medium pressure apparatus) we could also ensure good consistency between the apparatuses.
Vapor pressure of the unloaded systems
The vapor pressures of the unloaded solutions are shown in Fig. 9 where the vapor pressures are fairly similar for all the studied systems. 5M MAPA þ1M DEEA has the lowest vapor pressure and 2M MAPA þ 3M DEEA has the highest. The difference is 15% at 120 C. The data were fitted to the Antoine equation and the constants together with AARD are shown in Table 2 . The Antoine equation is able to represent the data very well with AARD below 3% for all the blends.
VLE of the loaded systems
The measured and modelled partial pressure of CO 2 of the studied systems is shown in Fig. 10 . The parameters and the average standard deviation for the VLE models are given in Table 3 . The experiments at 40 C were performed twice for all other systems than 2M MAPA þ 3M 12HE-PP. In general the repeated experiments agreed very well as seen in Fig. 11 . However, when it comes to 2M MAPA þ 3M DEA-12PD there is slight disagreement. The reason for this change is unknown since both sets were performed using the same procedures. The model was fitted using 80 C, 120 C data as well as the 40 C data which showed higher partial pressures of CO 2 to ensure that the final evaluation does not overestimate the performance of 2M MAPA þ 3M DEA-12PD system.
Due to formation of two liquid phases at high loadings of 2M MAPA þ 3M 12HE-PP, it was not possible to use the low temperature VLE equipment. To get some VLE data at 40 C, C; by [42] , 80 C; by [51] , 80 C; by [42] , 120 C. 
Lines (À) Antoine equation using parameters in Table 2 . Table 2 Fitted Antoine parameters for the studied systems. Antoine equation P ¼ the screening equipment was used to provide four equilibrium points in a similar way as previously done by [52] .
Comparison of cyclic capacities based on the VLE models and the screening experiments
Fig . 11 shows the cyclic capacity calculated for the different systems for temperatures between 40 C and 120 C.
As mentioned in Section 2.5.2 the rich loading is determined by assuming that the solvent would be in equilibrium with CO 2 concentration of 9.5 kPa in the bottom of the absorber (40 C) . Similarly the lean loading is taken assuming that the solvent is in equilibrium with 20 kPa CO 2 at the reboiler temperature. In the same figure the cyclic capacities based on the screening work presented in Fig. 6 is also plotted. In the screening experiments, the rich loading is determined when the gas outlet concentration showed 9.5% (~9.5 kPa) at 40 C. The lean loading was reached by bubbling nitrogen through the solution until the CO 2 analyzer showed 1.0% CO 2 (~1 kPa) at 80 C. Average deviation between these two methods, shown in Fig. 11 , for the studied systems is 11%, which can be considered to be acceptable agreement since the lean loadings are determined at different temperatures and since one set of data is in equilibrium and the other is based on screening. Based on the data, it might be argued that the screening setup seems to give somewhat higher cyclic capacities compared to what is seen based on the equilibrium experiments. This is true for five out of the six systems studied here. The only system that does not follow this trend is 5M MAPA -1M DEEA.
This exercise illustrates that fast solvent screening can be used to identify solvents with potential. But it is important to remember that one should have careful control over the amount of CO 2 absorbed and liquid analyses should be used as discussed in [7] . Using the temperature difference between 40 C and 80 C seems to be acceptable, as long as the solvents are stripped down to 0.1 kPa CO 2 at 80 C, even though a better approach would be to screen solvents in more realistic conditions. However, the deviations are around 10% and this should be taken into account when deciding which solvents should be chosen for further studies.
Estimation of reboiler duty
The short-cut method presented in Section 3.2.2 was used to estimate the required thermal energy in the reboiler. The results are shown in Fig. 12 . The short-cut method gave energy consumption of 3.5 MJ kg À1 CO 2 for 30 wt% MEA which agrees with literature [14] . The value is also in good agreement with experimental pilot data from several pilots connected to coal-fired power plants reporting reboiler Table 3 The parameters in Equation (7) is almost 30% lower than the energy consumption of the chosen base case (30 wt% MEA), the performance of the analyzed solvents not better compared to many other proposed solvents systems experimentally tested under real process conditions. Fig. 13 shows that reboiler duties of the novel solvent systems tested in the resent years have often been between 2.6 and 3.0 MJ kg À1 CO 2 [55, 56, [59] [60] [61] . Only three references were found with pilot data with real flue gas with energy consumptions lower than 2.5 MJ kg À1 CO 2 [62] [63] [64] . Additionally, [65] reported that with an advanced stripper configuration the energy consumption of Piperazine solvent can be reduced below 2.5 MJ kg
. All the campaigns with energy consumption below 2.5 MJ kg À1 CO 2 except those reported by [64] include process improvements or heat integration explaining partly the low energy consumption of these campaigns.
The main energy requirement comes from reversing the reaction that is responsible for almost 2 MJ kg À1 CO 2 in the case of 2M MAPA þ 3M DEEA, 2M MAPA þ 3M DEA12PD and 3M 12HEPP þ 2M MEA. The heat of reaction for these solvents is similar to that of 30 wt% MEA and the main reduction in the heat consumption comes from increased cyclic capacity, Fig. 11 gives a lower sensible heat and increased partial pressure of CO 2 in the stripper which reduces the need for stripping steam. The short-cut method indicates a very small stripping steam requirement, only around 10% of the total heat requirement. The sensible heat requirement of the solvent uses 15-20% of the total energy in the case of 2M MAPA þ 3M DEEA, 2M MAPA þ 3M DEA12PD and 3M 12HEPP þ 2M MEA.
Conclusions
The potential of five blends of tertiary amines promoted with primary amine were experimentally studied by testing the solvents first with screening equipment followed by the measurement of the vapor-liquid equilibria. In addition, three of the solvent blends showed reboiler duties below 2.6 MJ kg À1 CO 2 when a so-called 'short-cut method' was used. The energy consumption is similar to new solvent aqueous blends published in literature. In future studies the chemical stability under process conditions should be addressed. High solvent stability is required, due to the high solvent cost. Appendix. 
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